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S1 Modeling details of nutrient recovery processes

We note that the operating costs reported include the expenditures of running each process, but

do not include the amortization of the capital expenses.

S1.1 Anaerobic digestion

The energy requirements of anaerobic digestion (AD) unit, described in Eq 1S, comprise the
energy required for substrate warming from ambient temperature, assuming an average annual
temperature of 12 °C, which is the average annual temperature in central Spain, to the digestion
temperature (40 °C), Eq. 2S, and the energy supplied to offset the digester heat losses, Eq. 3S.
The global heat transfer coefficients (U) for the different digester surfaces are collected in Table
1S. The area of different surfaces is estimated through preliminar equipment design, Eqs. 4S to
8S, assuming a maximum digester of 6000 m3 (Fachagentur Nachwachsende Rohstoffe, 2010).
The installation of multiple digestion units is considered if the flow of manure to be treated

exceeds this capacity.



Qdigester = Qfeedstock + Qlosses (]-S)
Qfeedstock = Mmanure * Cp - (Tdigestion - ambient) (QS)

Qlosses - Z UzAz (Tdigestion - Tambient) ) 1 S {I‘OOﬂ walls, ﬂOOI‘} (38)

K2

Table 1S: Anaerobic digester design parameters. (Penn State Extension, 2016).

Parameter Unit Value
Utioor W/m2 K 2.85
Uwall W/Hl2 K 0.39
Uroof W/m2 K 0.3
Vinax m? 6000
Vrfreeboard % 30
HRT days 21
Ddigester:Hdigester ratio 1.1
Aroof:Aﬂoor ratio 1.62
mmanure ‘/freeboard
Vieserzi'HRT‘ 1 _ 48
- < 100 ) (45)
D igester
Vdigester = Aﬂoor ' digest (58)

Ddigester : Hdigester

D2
Afjoor = T - % (6S)
Ddi ester Ddi ester
Agan = 27 - S . g 7S
! 2 Ddigester : Hdigester ( )
Aroof = Aﬂoor . (Aroof : Aﬂoor) (SS)

CAPEX and OPEX estimations as a function of animal units based on data reported by the
USDA (Beddoes et al., 2007) (shown in Figure 18) are shown in Eqs. 9S-11S, where 1mg;gestate
denotes the digestate flow and AU the number of animal units. It should be noted that the
OPEX estimated in Eq. 11S only considers the operating and management (O&M) cost and it

does not include the CAPEX amortization.



o mdigestate ' HRTAD
nAD =

9S
NAD, max ( )
. AU
CAPEX (MM USD (2019)) = ( (2.9069 - 1074 - == +0.01625 | - 1.216 ) nap (108S)
nAD
MM USD (2019 15.858 - 103
OPEX ( ( )> — —= | - CAPEX (118)
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(a) Cost of AD units as a function of animal units.

(b) O&M costs as a function of animal units.

Figure 1S: Correlations between AD capital and O&M costs, and the number of cattle in the
livestock facility. Data from Beddoes et al. (2007).

S1.2 Biogas conditioning

S1.2.1 Moisture removal

The biogas produced contains saturated water at operating temperature. The first stage for water
removal is the moisture condensation, which can remove residual dust and oil as well. However,
the biogas moisture can remain saturated at the cooled down temperature, and additional drying

stage can be needed, using adsorbent agents such as silica gel or zeolites in packed bed columns

operating at pressures between 6 and 10 bar (Ryckebosch et al., 2011).



S1.2.2 H-S removal

Hydrogen sulphide can be removed during the digestion step, or treating the biogas stream
leaving the digestor. A review of processes for HaS removal can be found in Ryckebosch et
al. (2011). In this work, in-biogas hydrogen sulphide removal is considered by using a fixed
absorbent bed of FesOg3, so that hydrogen sulphide is removed in the form of Fe;S3, as shown
in Eq 12S. This unit operates at 25-50 °C. Although is sensitive to the presence of water, it is a

high efficient process. Therefore, the moisture removal must be previously performed.

FeoOs + 3HoS — FeySs + 3H20 (128)

The bed can be regenerated using oxygen (air), leading to the formation of elementary sulfur,

Eq. 13S.

2FesS3 + 309 — Fey O3 + 6H,0OS (138)

S1.2.3 Ammonia removal

Ammonia contained in biogas can be removed by using adsorption methods such as fixed beds

of zeolites or activated carbon, as well as through water scrubbing processes.

S1.3 Digestate solid-liquid separation

Nutrients contained in the organic materials (either manure or digestate, depending on whether
AD is performed or not) are present in both organic and inorganic forms. Organic nutrients are
chemically bound to carbon, and they have to be converted into their inorganic forms through a
mineralization process to be available for the vegetation to grow. Organic nutrients are mainly
contained in the solid phase of the organic materials. Inorganic nutrients are water soluble,
and they are mostly present in the liquid phase, or bounded to soluble minerals. They are

immediately available to plants, including algae involved in the occurrence of algal blooms. To



recover the inorganic fraction of nutrients, a solid-liquid separation stage is implemented, keeping

the inorganic nutrients in the liquid stage, which will be further processed, and the organic

nutrients in the solid phase, which can be composted to mineralize nitrogen and phosphorus and

be further used as fertilizers.

Based on the evaluation reported by Mgller et al. (2000), a screw press is the technology

selected to carry out the solid-liquid separation stage since it is the most cost efficient solid-liquid

separation equipment. The experimental results reported in this study are used to determine the

partition coefficients for the different elements, as shown in Table 2S.

Table 2S: Partition coefficients for solid-liquid manure separation using a screw press unit (Mgller

et al., 2000)

Element Solid fraction Liquid fraction
Total mass 0.08 0.92
Dry matter 0.31 0.69

Org. N 0.09 0.91

Org. P 0.22 0.78

Screw press (SI)
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Figure 2S: Estimated screw press investment costs (USD) as a function of the size.

To determine the commercial sizes and number of units necessary as a function of the flow to

be treated, data from commercial manufacturers are considered (PWTech, 2018). The feasible

configurations in terms of screw press diameter and number of units as a function of the flow



or organic materials treated are shown in Table 3S. Data reported by Matches (2014) for this
type of equipment are used to relate the unit diameter and cost, while the operating costs are
calculated assuming power consumption reported by the manufacturer for each model, as shown

in Fig. 2S5 and Tables 3S and 48S.

Table 3S: Sizing estimated for screw press units based on commercial data (PWTech, 2018)

Load capacity (%) Number of units

#(m) 0.23  @(m) 0.35 &(m) 0.42 @ (m) 0.56

< 43 1 - - -
43 - 81 - 1
81-190 - -
190 - 381 - -
381 - 572 - - -
572 - 708 - - - 2
3

W N =

708 - 1090 - - -
1090 - 1444 - - 4

> 1444 - - _ ’7 Flow (m3/day) —‘

Load Capacity 40 56m unit

Table 4S: Electrical power of screw press units (PWTech, 2018)

Number of units Electrical power (kW)
Z(m) 0.23 @(m) 0.35 &(m) 0.42 & (m) 0.56
1 0.3 0.45 0.9 -
2 - - 1.27 3.88
3 - - 2.01 6.34
4 - - - 7.83

S1.4 Struvite production: Multiform system

Struvite production from livestock organic materials has been estimated based on a detailed
thermodynamic model for precipitates (struvite and calcium compounds) formation considering
the main chemical systems involved in the formation of precipitates, shown in Tables 5S and 6S.
pK denotes the thermodynamic equilibrium constant, and pKj, refers to the solubility product.
The variability in the organic waste composition is also considered, obtaining surrogate models to
predict the formation of struvite based on different waste parameters, including the concentration

of magnesium, the concentration of calcium, and the alkalinity level (Martin-Herndndez et al.,



2020). Based on previous studies, the supply of magnesium has been fixed at a Mg?* /PO%*,
molar ratio of 2, estimating the formation of struvite as a function of the concentration of
Ca?* ions, which compete for phosphate ions hindering the formation of struvite, shown in Eq.
14S. A comprehensive description of the thermodynamic model used for the development of the

correlations to estimate the formation of struvite can be found in Martin-Hernandez et al. (2020).

Table 5S: Aqueous phase chemical systems considered in the thermodynamic model for estimating
the formation of struvite.

Name Chemical system pK Source
Ammonia NH; « NHz +H" 9.2  (Bates & Pinching, 1949)
Water HoO <+ OH™ + H* 14 (Skoog et al., 2014)

H3PO4 «+» HoPO, +HT 2.1 (Ohlinger et al., 1998)
Phosphoric acid HyPOp < HPO?™ + HY 7.2 (Ohlinger et al., 1998)
HPO3;™ « PO} +H" 1235  (Ohlinger et al., 1998)
H,CO; +» HCO; +HT 635 (Skoog et al., 2014)

Carbonic acid Ho0™ (L 002" +HY 1033 (Skoog et al., 2014)

Table 6S: Solids species considered in the thermodynamic model for estimating the formation of
struvite.

Name Chemical system pK Source

sp
MgNH, POy - 6H,0 >

Struvite Mg? + NHY + P03~ 13.26 (Ohlinger et al., 1998)
T MgKPO, - 6H20 <«
K-struvite Me2t + K+ + PO 10.6 (Taylor et al., 1963)
. Ca5 (PO4)3 OH « .
Hydroxyapatite 5Ca%* + 3POS + OH" 44.33  (Brezonik & Arnold, 2011)
Calcium carbonate CaCOj3 <> Ca®" + CO3~ 8.48 (Morse et al., 2007)
Tricalcium phosphate  Cagz (POy), <+ 3Ca®" +2P03~ 2550  (Fowler & Kuroda, 1986)
Dicalcium phosphate CaHPOy + Ca*" + HPO?™ 6.57 (Gregory et al., 1970)
Calcium hydroxide Ca(OH), +» Ca*" + 20H"~ 5.19 (Skoog et al., 2014)
Magnesium hydroxide Mg(OH), + Mg*" + 20H"~ 11.15 (Skoog et al., 2014)

A correlation to estimate the formation of struvite through the fraction of phosphorus recov-

P s—\ | as a function of calcium concentration in the feedstock is used
:atruwte(l:’o4 )

ered as struvite (x
in this work, Eq. 14S (Martin-Herndndez et al., 2020). Based on the correlation shown in Eq.

14S, the amount of nitrogen recovered is estimated through Eq. 16S.



0.798

2.113
14 (2guespoz- - 0576)

. . MWstruvite
Mestruvite recovered = TP in * mstruvite(POi_) : MWy

. . MWy
MN recovered = Mstruvite recovered *
MWstruvite
MWy
MWstruvite

xstruvite(PO?j ) =

N released = TN in — Mstruvite recovered *

S1.5 MAPHEX

(149)

(15S)
(169)

(179)

The mass balances of MAPHEX process are shown in Egs. 185-22S, based on experimental data

for the full-scale modular units reported by Church et al. (2018).

. . nutrients .

Mputrientsrecovered — Mnutrients, in * IMAPHEX V nutrients S {Pa N}

. o nutrients -
Mputrientsrelcasca — Mnutrients, in (1 - nMAPHEX) V nutrients € {P7 N}

mTSrecovered = mTS,zn : 093

mTSrccovcrcd . 0 75

Mwaterrecovered — 0.25
Mwater,eleasea — water,in — Mwater,ecovered

S1.6 Transmembrane chemisorption

(189)
(198)
(208)
(218)

(228)

Transmembrane chemisorption was modeled adapting the model proposed by Rongwong and

Sairiam (2020), considering mass transfer resistances on digestate liquid, membrane, and perme-

ate phases, species distribution of the ammonia system, and the degree of membrane wetting.

Mass transfer resistances on the permeate are considered negligible since ammonia is rapidly

converted into ammonium sulfate as a consequence of the excess concentration of sulfuric acid

in the permeate stream.



NH; + H" & NHj
K

a

2NH;3 + HySO4 — (NH4)2 SOy

The main parameters for membrane modeling are collected in Eqs. 23S-36S. Digestate density
(p) and (u) viscosity were assumed equal to those of water. Correlations to estimate these
parameters are reported by Hsu and Li (1997). Ammonia Henry’s constant (Hyy,) have been

taken from Linstrom and Mallard (2001).

k
Pwater (ngg) = (10%) - (0.863559 + 1.21494 - 10* - T(K) — 2.5708 - 10° - T(K)?) (23S)
/’Lwater ( kg ) = (10_6) : (10 : 6_3.282854_%) (248)
m-sS
Hy, (atl;m.o;s) = 58 . 10 (75~ 7s) (259)

The cross-sectional area of the lumen area is calculated based on the transverse area of the
hollow fiber, and the number of fibers in the membrane module, Eq. 27S . Shell area is calculated
as the difference between total and lumen side cross-sectional areas. Velocities of digestate and
stripping fluid (i.e., sulfuric acid solution) are computed based on their respective volumetric

flow and transverse areas.

M fmodule — Amodule * ny (268)
d2

Alumen side <m2) = ZIL T N finodule (278)
Dmo ule?

Ashcll side (m2) == % T Alumcn side (288)

m Vm ing fluid

Vi ripping flui <7> = —=SPPTe T C 29S

stripping fluid S Alumen side ( )
m Vdi estate

Vdi estate (i) = e 308

sestate \ s Ashell side (305)

10



Diffusion of ammonia through the membrane is driven by bulk and Knudsen diffusivities,
which consider the mean free path of molecules and the pore diameter respectively. Bulk dif-
fusivity of ammonia is calculated based on the kinetic theory, using Eq. 32S, while Knudsen
diffusivity depends on the molecular velocity, Eq. 31S, and pore diameter, Eq. 34S Agrahari
et al. (2012). Both contributions to ammonia transport are combined in an effective diffusion
coefficient, Eq. 35S. Ammonia diffusion in liquid phase has been assumed equal to ammonia

diffusion in water, which is calculated using Eq. 36S.

1/2
(E) _ 8- R (mo‘]1~K) T (K) (318)
S MWNH& (1% m
m? 1
ki (g) T (K)
A(m) = b 33S
(m) 7oy (m2) - P (Pa)-2'/2 (335)
J '
2 . .
Dxny,, (m) = dpore . 8-R (mol-K) T(K) (34S)
s 3 . ]\4VVNH3 (%)
2
1
Des <m> - (355)
S Dnng, Dnug
m? wat T (K)
D - ) =1. .1 —9  Iwaterr—z9sK
NHs, 10 ( S ) 96 - 10 T 508 (369)

The distribution of ammonia species is calculated at initial conditions based on the pH of
the digestate stream being fed through the tube side of the membrane module, which is assumed

equal to 11, as shown in Eqs. 375-41S.

11



1

INmg = ” A ) (37S)
PK o, (?) = 0.0901821 + 2;2(‘25;2 (389)
[NH3] = [Ninorg] - fNH, (398)
[NH] = [Ninorg) - (1 — fxm,) (408)
H] =K, - [[EE}] (418)

A modified Henry’s constant considering the speciation of ammonia is used in the model
proposed by Rongwong and Sairiam (2020) to evaluate the liquid-solid equilibrium of ammonia,

Eq. 42S.

* Ka ) [H+}
Hyp, = Hypg - | 1+ T Ko (425)

The mass transfer coefficient of the digestate flowing in the tube side, kqigestate, is calculated

through the Sherwood number of this stream, Eq. 43S.

1
_ kdigestate “d; _ d; o
Shdigestate = Di =1.62- f : Redigestate : Scdigestate (438)
NH3water
d; - iges - Vidiges
Redigestate _ W Pdigestate digestate (448)
ﬂdigestate
Scdigestate — Hdigestate (458)

Pdigestate * DNHg

water

The membrane phase can be divided into non-wetted and wetted membrane sections. Their
mass transfers coefficients, kj; and k;w respectively, are calculated based on the fraction of mem-
brane wetted by the digestate. This is calculated based on a correlation reported by Rongwong

and Sairiam (2020), shown in Eq. 46S. Egs. 485-49S and 50S-51S shown the equations employed

12



for the estimation of kj; and k}w respectively.

Umembrane = oo (465)

dinterfacial (M) = d; + Wmembrane * (do — d;) (475)
m D.g -

b (3) = T (489)

Snon-wetted () = w (49S)

 (3) = e (505)

Suetted (m) = dinterfa;ial —d; (518)

The overall mass transfer coefficient is calculated based on the liquid, wetted membrane, and
non-wetted membranes mass transfer coefficients, as shown in Eq. 52S. However, high ammonia
concentrations result in a decrease of the overall mass transfer (Zhu et al., 2005). Therefore, K,

is modified using a correction factor that considers the concentration of ammonia in digestate.

1
Kov (E) = ) 3 (528)
8 1 1 N R(S85) 70O My, \
kdigestate di Ky 0in wetted k1010 non-wetted o
din erfacial — dl
51n wetted — —nterfacial T4 (538)
In (dinteczt.'acial)
do - din erfacial
51n non-wetted — —o  Tinterfacial (548)
In <7d_ do )
interfacial
0.002728 - [NH3] (52
Koveorrectea (?) = Koy - (1 - 1([)0 ol (% )> (559)

The mass balance along the membrane can be performed considering the mass transfer in an
infinitesimal element of the membrane, as shown in Eq. 56S. Due to the excess of sulfuric acid in
the lumen side that lead to the formation of ammonium sulfate from the ammonia recovered, the
concentration of ammonia in the lumen side is assumed negligible. This differential expression

can be analytically integrated to estimate the total length of the membrane, Eq. 57S.

13



. . *
NNH; d K UNH; HNH3 " PNH;
= "N fmoaute " T o " B oveorrectea -

dz Vdigestate Vdigestate
TINH;
N N fmodute " T do - Kovcorrcutcd - (568)
Vdigestate
2 (m) —In nNH?’final . Vdigestate (578)
hNHsmnml N fmodute " T do - Kovcorrected

Characteristics, sizes, and costs of Liquid-Cel” Extra Flow membranes are shown in Tables
7S and 8S. All membrane module costs were taken from values reported by manufacturers (SG
Projects, 2021; DPC Water Solutions, 2021), except for the Liquid-Cel™ 14x40 module, which

price was estimated based on the cost of the remaining modules, as illustrated in Figure 3S

Table 7S: Main characteristics of Liquid-Cel " membrane (Rongwong & Sairiam, 2020; Ulbricht
et al., 2013).

Membrane parameters Unit Variable Values
Number of fibers _fibers ny 2.13 - 106
module
Fiber outer diameter m d, 300-10-6
Fiber inner diameter m d; 240 - 106
Pore diameter m a 0.04-1076
Porosity - € 0.40
Tortuosity factor - T 2.60
Pressure drop shell side bar A Pypell side 0.3
Pressure drop lumen side bar APiumen side 2

Table 8S: Liquid-Cel” membranes size and cost (3M, 2021; SG Projects, 2021; DPC Water
Solutions, 2021).

Membrane model Flow capacity (m3/h) Diameter (m) Lenght (m) Cost (USD)

2.5x8 0.1-0.7 0.067 0.200 5,000
4x13 0.5-34 0.116 0.242 5,700
8x20 1-11 0.219 0.406 14,150
10x28 10 - 48 0.279 0.683 17,000
14x40 16 - 125 0.356 1.129 24,300

14



Liquid-Cel modules cost
30

25 *

20

15
f(x) =51.837 x"0.347

10 R2=0.933

Cost (1E3 2021 USD)

0 0.02 0.04 0.06 0.08 0.1 0.12

Module volume (m3)

Figure 3S: Estimation of Liquid-Cel” 14x40 membrane module cost.

In the case that the capacity of the largest membrane module is not enough for the treatment

of digestate, the installation of several parallel units is considered, as shown in Eq. 58S.

1 if Vdigestate < 125%3

. 3
Vdigestate (%)

(589)
T/ m?
125 —‘ if Vdigestate > 125T

Nparallel = "

Membrane module CAPEX is estimated through Eq. 60S, assuming a membrane lifetime
(tmodule) Of 10 years (Verrecht et al., 2010), and a plant lifetime (¢pjant) of 20 years. The use
of sulfuric acid as stripping fluid and membrane cleaning is the main contributor to membrane
OPEX, as shown in Eq. 61S. Membrane cleaning cost (ccleaning) is reported to be between 2%
and 25% of the operating costs (Yu et al., 2020; Verrecht et al., 2010), for which we assume an

average value of 13.5%.

Lmodule

nseries:’V : 1 (59S)

USD t lant
CAPEXmem ranes 2019 USD) = serie ° arallel) * C tmo ule o 603
b ( ) (n Nparall l) 08 dul (module> tmodule ( )
. kg
2019 USD\ 804 | 5 USD 1
OPEXmembranes < ) = ? ! (k ) . P'f‘iceH2SO4 ( 3 ) : 1 Ccleaning (618)
year PH2S04 (HT%) " -



Pumps to drive the digestate and stripping fluid streams are needed. Their cost is estimated
using Eqgs. 62S and 63S, assuming that the maximum capacity of one single pump (Vpumpmax)
is 1 m®/s (Peters et al., 2003). Pumps operating cost are estimated through Egs. 64S to 66S,
calculating the energy needed to balance the pressure drop of the shell and lumen sides of the

membrane, Table 7S. Pump efficiencies (npumpi) of 0.8 are assumed.

V;
Npump, = : (628)
Vpumpmax
(—50.387 - 10% - V2 + 1.607 - 10° - V;
CAPEXpumps, (2019 USD) = § 15127 - 10%) - npymp, - 1.055 if V; <9.1073m2
(92.562 - 103 - VO38Y) .y - 1055 if V; > 9 107322
(63S)
APZ‘ (Pa)
P (m) 9 ()
. 3
. g(%)-&(ﬂl)-ﬂ(%) Vz(%)
Woump, (kW) = (65S)
7/]pumpb
2019 USD . . USD
OPEXpumps (year> = ; Wpumpi (kW) : toperation (S) - 3600 - Prlceelectricity (kVVh) )
(66S)

i € {shellside, lumenside}

Total capital and operating expenses for the recovery of nitrogen from livestock digestate
using a transmembrane chemisorption process result from the sum of membrane and pump costs

are described in Eqs 67S and 68S.

CAPEXtransmcmbranc = C(AA1:)ly)(mrlenrlbranes + Z CAPEXpuInpsi (67S)

chemisorption -
1€
{shellside,
lumenside}

OPEXtransmembrane = OPEchmbrancs + OPEXpumps (688)

chemisorption

16



S1.7 Ammonia evaporation

The following assumptions have been made for the modeling of digestate drying:

~
deigestatein ~ prater

o Pyater + PNH3 ~ “water

® Toutu,

= TO

Utdigestate

e o = constant

The mass and energy balances for digestate drying in a belt dryer unit are shown in Egs.

69S-71S and 72S-81S respectively

. . NH;
mNHS evap mNHS in nbelt dryer

mwaterevap

MWwater : ;
77% : Ptotal S P'Uwater (T)a J S {alI‘, HQOa NH3}
Zj MW;

MNHg evap

]\4VVNH3 . .
Zim’ < Ponn, (T), j € {air, H2O, NH3}

j MW;

QBelt Dryer — Hlatent + Hsensible = Hair;n - Hair()ut

Hlatent = mwaterevap ’ /\evapwamr (T)+ mNH3evap ' AevapNHs (T)
Hsensible = I—:[digestateOut - Hdigestatem + Hsensiblegaﬁeﬁ
Hyensiblogpe, = (mwatermp + mNHsevap) * Chater (tiquia) * L aitous
-I:.Idigestatein = mdigestatem : pratcr : ATdigestatein

= mdigestateout " Cpaigestate ATdigestateout

Hdigestate

out

ko/k . i) = 4.19 — 0.0275 - <st : 100)
out

deigestate ( i it
igestate

17

(69S)

(708)

(719)

(729)
(739)
(74S)
(758)
(768)
(778)

(788)



Hair;n - mair *Cpair A:Zjauir;n (798)
Hairout = (mair " Cpair + mwaterevap " Cpyater (gas) + mNngvap ’ cpNH3 (gas)) ’ Ajjairout (808)

AT; =T; — Thet Vi € {airy,, aire,, digestate;,, digestate,,,} (81S)

m?’

Gaseous ammonia is further recovered through acidic scrubbing, which is described below.

CAPEX estimation for belt dryer units is based on the energy required for ammonia evap-
oration. A drying efficiency (Mbelt dryer) Of 0.6 is assumed from the experimental work reported
by Awiszus et al. (2018). Belt dryer scale-up is based on the correlation proposed by Towler and
Sinnott (2012), as shown in Eq. 85S. The reference values and scale factor used in this correlation
are taken from costs and capacities reported by Turley et al. (2016), as well as the maximum
belt dryer capacity used to compute the number of dryer units needed (npeit dryer), as shown in
Eq. 83S. These data are also used to estimate the scale-up factor, which is estimated equal to
0.7. Belt dryer operating costs are due to electrical consumption, which was estimated in 0.099

kW of electricity per kW of thermal energy used by the unit, as shown in Eq. 86S (Awiszus et

al., 2018).
rea. chlt dryer (kW)
Qbeli dryer — . (828)
Tvelt dryer

Qrzal ryer (kW)

Npelt dryer = ’7]3“;10},00 (838)
Yreal

“\design Qbelt dryer

Qbeltgdryer = n . (848)
belt dryer

Qdesign (kW) 0.7
CAPEXpelt dryer (2019 USD) = | el dryer - 214,997 - (‘“*“Eg?) -1.216  (85S)

2019 USD - desi
OPEXbelt dryer <> design

kW,
= Tlbelt dryer Qbelt dryer (kW) -0.099 ( ) ’ (868)

year kW

kWh

. USD
toperation (5) - 3600 - Prlceelectricity ( >
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S1.8 Stripping in packed tower

Nitrogen recovery using packed tower stripping has been modeled using the number of transfer
units (NTU) method (Metcalf & Eddy, 2014). The pressure drop of tower packing is estimated

through the correlation proposed by Kister and Gill (1991), as shown in Eq. 87S.

P ( inch HQO

o > = 0.115 - (Fp (f71))*" (879)

The tower diameter is calculated through the tower flooding capacity. A tower flooding
capacity correlation considering the packing pressure drop has been developed by using ALAMO
(Wilson & Sahinidis, 2017) based on the flooding curves developed by Strigle (1994), as shown in
Eq. 88S and Figure 3. Two-inch (0.051 m) Intalox packing is considered (Strigle, 1994), which
packing factor (Fp) is assumed to be 18 ft™! (59 m™) (Geankoplis, 2003). The operating line
considered, defined as the ratio of gas and liquid volumetric flows, can be computed through
Egs. 88S to 91S, where P is in inch H20/ky vz denotes the superficial gas velocity in ft/s; pg the
gas density in /i3, pr the liquid density in P/12, v the kinematic viscosity in censtokes, G¢ the

gas mass velocity in b/r? .5, and G, the liquid mass velocity in /s . s (Strigle, 1994).

Y =-025-X+022-In(P)—0.78-10"" - P2 +0.19-107' - X3 - 0.39- X - P (88S)

+0.49-1072- (X - P)3 +0.89

0.5
Y = ug ( pG ) F0.5,0:05 (895)
PL — PG
GL (/-)C:)O'5
X =1 — | = 90S
210 (GG oL ( )
. 3
m
Ve _ gegg e (918)
Vi M quid
GGdcsign =0.7Gg=0.7-vg - PG (928)

The liquid mass velocity is a known parameter since it corresponds to the digestate being
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processed. The gas velocity is estimated by combining Eqgs. 87S, 88S and 91S. The design gas
mass velocity considered is 0.7 time the gas mass velocity, Eq 92S, while the liquid design mass
velocity is computed by combining Egs. 92S and 91S. Tower diameter is computed based on
the design liquid mass velocity and liquid mass flow. However, design restrictions reported by
Branan (2005) have been considered in the sizing of the packed tower. Tower height is estimated
through the height and number of transfer units, Eqs 93S and 94S. Therefore, the design diameter
is computed as shown in Eqs. 95S to 97S. Additionally, the number of packed towers installed

in-parallel arrangement is estimated through Eq. 98S.

Diesign < 1.2 m (939)
Hdesign
“design 5 94S
Ddesign ( )
mr
As ripping tower — & 95S
fripping ¢ GLdesign ( )
As ripping tower 0
Dstripping tower — (tppﬂgt) (968)
. D trippi t if D trippi t <12m
desien stripping tower stripping tower >
Dstri;;gping tower (m) = (978)
1.2 if Dgerubber > 1.2 m
parallel _ stripping tower
stripping tower — ’7 1.2 —‘ (98S)

The height of the stripping packed towers is estimated through the height and number of
transfer units, Eq. 99S and 100S respectively (Metcalf & Eddy, 2014). The liquid overall mass
transfer coefficient value assumed for the ammonia air system is 2 h'' (Larsen et al., 2013). The
design restriction shown in Eq. 94S is considered to compute the design height of the stripping

towers, and the number of units that must be installed in series, Eq. 103S.
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my

parallel
HTU = Mstripping tower Pdigestate (998)
- 2
Dstripping tower
KLCL ™ ( 2
L (S—=1)+1
NTU — S S 11n < 1—"stripping cower/ls?o (S ) + > (1008)
Hyn e
S= 5" (101S)
Pstripping tower ML
Hstripping tower — NTU - HTU (1028)
Htripping tower
design

series _ stripping tower (1038)

nstripping tower — 30
Hstripping tower if W < 30

design - - stripping tower 1048

Hstripping tower (m) - orics araIflel ( )
"Ctripping t i ping © ‘Pdigestate  +p Hgtripping t
stripping tower stripping tower > >state lf stripping tower S 30

KLa.ﬂ.(M> Destripping tower
2

The number of stripping units needed (Nsgripping tower) is calculated as the product of the num-
ber stripping units in-series arrangement to satisfy the packed towers height limit (nSgrics )

stripping tower
and the number stripping units in-parallel arrangement to process the amount of organic mate-
rials generated in the livestock facility under evaluation (n?&ﬁiﬂlg towcr), as shown in Eq. 105S.
CAPEX of stripping packed towers is estimated based on the columns volume using a correla-
tion based on data from Turton, R. (2010), as shown Eq. 106S. Additionally, capital expenses of

compressor units are estimated based on the correlation reported by Almena and Martin (2016),

Eq. 108S. Operating expenses of scrubbing are mainly due to the compression cost, Eq. 109S.
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L. __ . series parallel
nstrlpplng tower — nstripping tower stripping tower (1058)

OAPEXstripping tower (2019 USD) =1.216 Nstripping tower"

(6157 (Viarippin tower (m%))” +1276.035 - Vicrubber (m?) + 4007.619) (1068)
. 2
Dgter?lgning tower ) 0
‘/;tripping tower — ( ® 4 ) : Hstripping tower (1078)
CAPEX compressor (2019 USD) = 1.216 - (335.27 - Weompressor (KW) + 36211) (1088)

2019 USD

OPEXcompressor ( year

. USD
) = Wcompressor (kW) : toperation (S) - 3600 - Priceelectricity < )

kWh
(109S)

S1.9 Acidic scrubbing

Mass balances of the scrubber unit consider the water transferred to the gas stream, assuming
that saturation is reached, Eq. 111S. Ammonia recovery efficiency (nilfzbber) of full-scale am-
monia scrubbers was reported in the range of 40% to 99% (Melse & Ogink, 2005). A typical

NHs of 96% is selected based on the work of Melse and Ogink (2005).

Nscrubber

Pwater
_ (1108)
Pugater
ks e
M Wyater gas stream
P'Uwater = . gas stream Pzn (1118)
=,
i MW,
- gas stream __ . gas stream _ ., NH3
mNH3 out - mNH3 in (1 nscrubber (1128)

The water flow needed to perform the scrubbing operation is computed from the operating
line of the unit (£/c), Eq. 113S. Following the rules of thumb for scrubbing units, the design
operating line is assumed as twice the minimum operating line, Eq. 114S. Yyp, and Xnu, denote
the ammonia free basis molar fractions in gas and liquid streams respectively. The amount of
sulfuric acid supplied to make-up the sulfate used for ammonium sulfate formation, Eq. 116S,

is slightly larger than the stoichiometric amount of the precipitation reaction, 3.5 kgy,s0, per
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kgyy, recovered (Bolzonella et al., 2018).

YNH,,, — YNH
(L/G)min = X = X 2o (1138)
NHSout - NHSin

(Lfa) = (5/6) i - 2 (114S)
. liquid stream __ L . liquid stream . liquid stream
mwaterin - (( /G) : ntotalm - nNHg in ) : MWWatCT (1158)
. liquid stream __ . gas stream NH3

HQSO4M - mNH3 in . nscrubber 3.5 (1168)

- gas stream  NHj3

. liquid stream NH3 ;n scrubber

- MW (xn,),504,,, (1178)

(NH4)5804,,, MWy,

The scrubber diameter, Eq. 1198, is based on the gas velocity in the equipment, which is
assumed equal to 1.75 m/s (Melse & Ogink, 2005). The number of units is set by the maximum
diameter of scrubbers, Eq. 120S, which is assumed equal to 1.2 m according to the rules of

thumb for packed columns (Branan, 2005).

3

Vgas stream <m7>

S

Dscru er (IN) = 118S
design Dgcrubber  if Dscrubber < 1.2 m
Dscrubber (m) = (1198)
1.2 if Dgcrubber > 1.2 m
Vgas stream (ﬁ)
TNscrubbers = . (1208)

1.75 (2) - 22

The height of scrubbing units is estimated through the height and number of transfer units,
Eq. 1218, as described by Couper et al. (2005). The number of transfer units is determined by
the Kremser shortcut method, as shown in Eq. 122S (Seader et al., 2004), while the height of

each transfer unit is calculated in Eq. 126S. The gas film overall mass transfer coefficient value

mol

for the ammonia air system is 272474.56 T’ atm

(Branan, 2005). The scrubbing operation
involves the use of compressors for pumping the stripping gas stream. The energy required for
compression is estimated though Eq. 127S, assuming a compressor efficiency (ncompmssor) of 0.85

and a polytropic coefficient (k) of 1.4. The pressure drop of a typical scrubber for ammonia
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capture assumed is 200 Pa (Melse & Ogink, 2005).

Hscrubbcr = NTU-HTU (1218)
838 stream xiﬁ?"#rcan‘—z&}lg 88 stream
In 1—m- 7 Tiquid stream Zas ;t?eam_”* +m- Pliquid stream
NHgout NHg
NTU = (- ) (122S)
n\m %

. gas stream

mgN;E;‘:ream _ "NHsp Vk € {in,out} (1238)

7, 8as stream’

i, =0 (1248)
Py
= 2 12
m iz (125S)

f)gas stream (mTOI)

HTU = __ (1269)
pdesisn )
T Schbber (m2) : kGA (}ymrgc.)atm) ) P (atm)
as stream . gas stream [ k kol
W (W) = kR (gitmst) - To ™" (K) - ™ (?g) pgas stream ) .
compressor - Neompressor - (k — 1) . ]\41/‘/9(1S Pog;}ts stream

(1279)

Operating expenses of scrubbing are mainly related to the use of sulfuric acid, Eq. 128S, and

the compression cost, Eq. 129S.

kg

2019 USD\  "HS0 (*) USD
OPE Xgcrubbers < ) = S X - Pricen,so, (3) (1288)
year PH,S0, (nT%> m
2019 USD . . USD
OPEXcompressor <year) = Wcompressor (kW) : toperation (S) - 3600 - Przceelectricity <kVVh)
(1298)
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S2 Capital and operating expenses
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Figure 4S: CAPEX and OPEX of the assessed nitrogen recovery technologies, including the cost

of anaerobic digestion stage.
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Figure 5S: CAPEX and OPEX of the assessed nitrogen recovery technologies, excluding the cost

of anaerobic digestion stage.
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